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A systematic design procedure of the prepolymerization stage of a polycondensation
process is presented. This procedure treats polycondensation processes as reacti®e
separation processes and offers an alternati®e to design through simulations. Feasible
flowsheets and operating conditions are de®eloped by analyzing the phase beha®ior of
polycondensation systems at thermodynamic equilibrium. Functional end groups and
apparent mole fractions are used to represent reaction kinetics and equilibrium, and real
mole fractions are used to represent phase equilibrium. Reacti®e phase diagrams are
plotted in transformed mole-fraction space to facilitate ®isualization of the phase beha®-

( )ior. Three examples are presented: manufacture of polyethylene terephthalate PET
( ) ( )from dimethyl terephthalate DMT and ethylene glycol EG , from terephthalic acid

( )TPA and EG, and manufacture of nylon-6,6. For these processes, the results of the
approach agree excellently with detailed iterati®e performance simulations. The ap-
proach also re®eals additional feasible process alternati®es and corresponding operating
conditions.

Introduction

Many commercially important polymers, such as nylons,
polyesters, and polycarbonates, are manufactured by poly-
condensation. Polycondensation processes are step-growth
polymerization processes in which the reaction step is accom-
panied by the formation of a low-molecular-weight conden-
sate. Design of polycondensation processes is a challenging

Ž .problem Ravindranath and Mashelkar, 1986a,b . To obtain a
polymer product of high molecular weight, it is essential to
maintain proper end-group stoichimetry, to remove the con-
densate byproduct in order to shift the reaction equilibrium,

Žand to avoid degradation due to side reactions Dotson et al.,
.1996; Gupta and Kumar, 1987; Jacobsen and Ray, 1992a,b .

It is difficult to ensure these conditions throughout the poly-
condensation process for a number of reasons: disruption of
end-group stoichiometry due to the loss of volatile mono-

Ž .mer s , the presence of multiple polycondensation routes, and
the presence of monomers in different phases; loss of prod-

Ž .uct due to the loss of volatile monomer s ; and difficulty in
condensate removal due to limited rates of diffusion through
the polymer and limited rates of interphase mass transfer; to
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cite a few. In order to overcome these difficulties, it is essen-
tial to make judicious choices about process equipment and
operating conditions based on an understanding of the un-
derlying physical and chemical processes.

Industrial polycondensation processes typically include up
to three distinct process stages: prepolymerization, polymer-

Ž .ization, and finishing Figure 1 . The prepolymerization stage
is used to prepare a short-chain polymer that forms the feed
to the polymerization and finishing stages. This is done in
order to ensure that the stoichiometric and thermodynamic
limitations do not propagate onto the polymerization and fin-
ishing stages where the bulk of polymerization takes place.
For instance, in production of polyethylene terephthalate
Ž . Ž .PET from dimethyl terephthalate DMT and ethylene gly-

Ž .col EG , the prepolymerization stage is used to prepare bis-
Ž .hydroxyethyl terephthalate BHET and its oligomers, which

have inherent 1:1 end-group stoichiometry. In the production
Ž .of PET from terephthalic acid TPA and EG, in addition to

preparing BHET, the prepolymerization stage ensures com-
plete dissolution of solid TPA. In the production of nylon-6,
it is used to initiate the polymerization reaction by opening

Ž .the ring monomer e-caprolactum , and in the production of
nylon-6,6 it is used to minimize the loss of volatile monomer
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Figure 1. Three stages of polycondensation processes.

Ž .hexamethylene diamine HMDA . Thus proper design of the
prepolymerization stage is crucial for the success of the en-
tire polycondensation process.

The goal of this article is to present a systematic procedure
to synthesize feasible process alternatives for prepolymeriza-
tion processes. This approach is based on equilibrium ther-
modynamics and treats polycondensation processes as reac-
tive separation processes. We present our approach below by
applying it to the production of PET from DMT and EG. We
also demonstrate the utility of our approach with two addi-
tional commercially important examples: production of PET
from TPA and EG, and production of nylon-6,6 from HMDA

Ž .and adipic acid AA .

Synthesis of Prepolymerization Processes
There are important differences between synthesis and

simulation of chemical processes. In a simulation, the inputs,
process flow sheet, and design variables are specified, and
the aim is to calculate all of the outputs. On the other hand,
in a synthesis problem, the inputs and desired process out-
puts are given, and the goal is to determine feasible process
alternatives and design variables necessary to achieve them.

Frequently, a design problem is solved through successive
simulations. After assuming a process flowsheet and base-case

Ž .values for the design variables operating conditions , these
variables are improved through successive simulations till the
design matches the desired specifications. This simulation ap-
proach has been followed for the design of the
prepolymerization stage in most of the work done to date
ŽBesnoin et al., 1989; Choi, 1987; Gupta and Kumar, 1987;

.Ravindranath and Mashelkar, 1981, 1982a,b,c . While it pro-
vides a feasible design, it can be time-consuming, as it in-
volves a lot of trial-and-error runs. This is especially so since
a lot of uncertainty typically exists in physical property values
and models.

As an alternative to repeated simulations, our equilibrium
thermodynamics-based procedure provides insights into fea-
sible process alternatives and operating conditions. As sum-
marized below, the procedure consists of four steps.

Step 1: Specifications
Ž .a Input
Ž .b Output
Ž .c Constraints

Step 2: Representation of Phase and Reaction Equilibria
Ž .a Representation of reaction kinetics

Ž .b Phase and reaction equilibria
Ž .c Reactive phase diagrams

Step 3: Feasible Process Flowsheets and Operating Conditions
Step 4: Comparison of Alternati®es
Ž .a Cost and Operability
Ž .b Sensitivity

The details of each step and the design tools and calcula-
tions used at each stage are described below for the produc-

Ž .tion of PET from DMT and EG Example 1 .

Step 1: Specifications
This step specifies the inputs to the process, the outputs

desired from the process, the constraints we wish to impose
on the operations, and the reasons behind these specifica-
tions. These specifications should be carefully chosen, as the
feasible process alternatives and feasible ranges of operating
conditions depend on them.

Step 1 for Example 1. The prepolymerization stage of this
process involves transesterification of DMT with EG in the
presence of homogeneous metal acetate catalyst. The desired
product is BHET and its oligomers. The specifications for
this process can be summarized as:

v Input specifications.
Raw materials are pure DMT and EG.
v Output specifications.

ŽDesired product is BHET and its oligomers 1.5F DP F5,n
.preferably DP f2.0 . Complete conversion of methyl estern

Ž .end groups. Minimum loss of volatile raw materials EG .
v Constraints.
Operating temperature should not exceed 573.15 K.
The reason for producing BHET and its oligomers, and

ensuring complete conversion of methyl ester end groups, will
become clearer when we consider the kinetic scheme in the
next step. The objective of the prepolymerization stage is not
chain buildup, but to prepare prepolymer that is suitable for
chain buildup in the polymerization and finishing stages.

ŽHence, the degree of polymerization is kept low 1.5F DP Fn
.5, preferably DP f2.0 in order to avoid having to handlen

high viscosities. The upper limit on temperature is necessary
to minimize the formation of undesired side products such as

Ž .acetylene and diethylene glycol DEG , which have an ad-
Žverse influence on the polymer quality Gupta and Kumar,

.1987; Besnoin and Choi, 1989 .

Step 2: Representation of phase and reaction equilibria
Step 2 concerns the representation of the phase behavior

of a polycondensation process. Careful attention is given to
the representation of kinetic schemes, description of phase
and reaction equilibrium equations, and visualization of phase
behavior using reactive phase diagrams. These issues are con-
sidered in more detail below.

Step 2a: Representation of Reaction Kinetics. The func-
Ž .tional end-group representation Gupta and Kumar, 1987 is

used in our approach. In this representation, the kinetic
scheme is written in terms of the functional end groups on
the polymer species. These functional end groups represent

Žthe apparent reacting components real components being
.monomers, condensate, and polymer chains and their com-

positions are expressed in terms of apparent mole fractions
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Table 1. Reaction Kinetics for Example 1

Representation of Kinetic Scheme

1. Transesterification: E qEG lE qMm g

2. Polycondensation I: E qE l ZqMm g

3. Polycondensation II: E qE l ZqEGg g

Catalyst: Homogeneous metal acetate catalyst

Ž .EG: Ethylene glycol HO]CH CH ]OH2 2
Ž .M: Methanol CH OH3

Ž .Z: Polymer linkage ]]] f ]COOCH CH OOC] f ]]]2 2
Ž .E : Methyl ester end group ]]] f ]COOCHm 3
Ž .E : Hydroxyl ester end group ]]] f ]COOCH CH ]OHg 2 2

Rate Expressions

x xE Mg
1. Transesterification: R s k 2 x x y1 1 E EGmž /K1

2 x xZ M
2. Polycondensation I: R s k x x y2 2 E Em gž /K2

4 x xZ EG23. Polycondensation II: R s k x y3 3 E gž /K3

Kinetic Parameters
Ž . w xk 1rmin s A exp y E rRTi i i

Ž . Ž .Reaction A 1rmin E kcalrmoli i
61. Transesterification 0.4552=10 15.0
62. Polycondensation I 0.2276=10 15.0
63. Polycondensation II 7.7384=10 18.5

Žcompositions of real components are expressed as real mole
.fractions . There are only a limited number of reactions in

this representation, and the functional end groups can easily
be incorporated into the phase and reaction equilibrium
models. The major drawback is that the information about
the second and higher moments of the chain length distribu-
tion is lost. Thus, we cannot estimate the polydispersity of
the product. However, this is not a very significant drawback,
as polydispersity for most polycondensation processes is close

Žto the most probable value of 2.0 Gupta and Kumar, 1987;
.Besnoin et al., 1989; Steppan, 1989 , and it is not a major

Ždesign concern and hence not included in the specifications
.of Step 1 in the prepolymerization stage, as the majority of

the chain buildup takes place in the polymerization and fin-
ishing stages.

Step 2a for Example 1. For this example, the kinetic
scheme can be represented in terms of the functional end
groups as shown in Table 1. The table also lists the rate ex-
pressions and rate constants for the reaction mechanisms. It
should be noted that these rate expressions are written in
terms of apparent mole fractions and not in terms of concen-
trations so as to be consistent with the phase and reaction
equilibrium models and to yield rate constants with units of
reciprocal time. The rate constants are regressed from the
end-group concentration-based rate constants available in the

Ž .literature Gupta and Kumar, 1987 .
Only two of the three reactions listed in Table 1 are inde-

pendent at equilibrium. The chain buildup takes place
through two routes: polycondensation I and polycondensa-
tion II. Polycondensation I is a reaction between two differ-
ent functional end groups, and polycondensation II is a reac-
tion between similar end groups. Hence polycondensation II

is inherently stoichiometrically balanced, whereas polycon-
densation I is not. We would not have to worry about end-
group stoichiometry if the chain buildup took place only
through polycondensation II. This is the reason why we

Žwanted to produce BHET and its oligomers which have hy-
.droxyl ester end groups on both chain ends and ensure com-

plete conversion of methyl ester end groups.
In the representation of Table 1, we considered only the

main reactions. Some side reactions also take place
Ž .Ravindranath and Mashelkar, 1986a . However, these reac-
tions are not included in our analysis, as reliable information
on their mechanisms, rate expressions, and kinetic parame-
ters is not available. The side reactions can easily be included
in our analysis if this information is available. Here, we ac-
count for these side reactions by imposing the temperature
constraint. Fine-tuning of operating conditions may be done
for the selected process alternatives to ensure minimum pro-
duction of undesired side products.

Step 2b: Phase and Reaction Equilibria. A polycondensa-
tion system of c apparent components in p phases undergo-

Ž .ing r independent chemical reactions, satisfies c py1 phase
equilibrium and r reaction equilibrium equations at thermo-
dynamic equilibrium. In this step, reaction equilibrium is de-
scribed by expressing the reaction equilibrium constants as

Ž .functions of activities or mole fractions of reacting compo-
nents. Typically, polycondensation systems exhibit only two

Ž . Ž .phases vapor and liquid . Vapor-liquid VLE equilibrium is
described using the Flory-Huggins theory. All polymeric
species are assumed to be nonvolatile. In case an additional
solid or liquid phase exists, appropriate solid]liquid equilib-

Ž . Ž .rium SLE or liquid]liquid equilibrium LLE models are
used in conjunction with the Flory-Huggins equations.

The reaction equilibrium equations are written in terms of
apparent mole fractions, while the phase equilibrium equa-
tions are written in terms of real mole fractions. Hence to
make the reaction and phase-equilibrium equations consis-
tent, relationships between real and apparent mole fractions
are also developed in this step.

Step 2b for Example 1. The equilibrium constants for the
three reactions of Table 1 are written in terms of the appar-
ent mole fractions as

x xE Mg
K s 1aŽ .1 2 x xE EGm

2 x xZ M
K s 1bŽ .2 x xE Egm

K 4 x x2 Z EG
K s s . 1cŽ .3 2K x1 Eg

The values of these equilibrium constants are listed in Table
2.

Ž .EG and methanol M are considered to be the only volatile
components of the reaction mixture. The VLE relationship is
given by

Py s P 0g f , isEG, M, 2Ž .i i i i

where the activity coefficients are given by the Flory-Huggins
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Table 2. Thermodynamic Parameters for Example 1

Reaction Equilibrium Constants

K s0.31

K s0.152

K2
K s s0.53 K1

Vapor Pressure Correlations

3,066.5
0 Ž .log P Pa s11.521yEG Ž .T K

1,867.9
0 Ž .log P Pa s10.541yM Ž .T K

Molar Volume Correlations

3Ž . w Ž Ž . .xn cm rmol s60.6 1q0.0014 T K y413EG

3Ž . w Ž Ž . .xn cm rmol s43.5 1q0.0014 T K y413M

3Ž . w Ž Ž . .xn cm rmol +191.5 1q0.0014 T K y413poly

theory as

1
2g sexp 1y f q x f , isEG, M, 3Ž .i poly i polyž /DPn

x is the polymer-solvent interaction parameter. Vrentas eti
Ž .al. 1983 found this parameter to be in the range of 0.3]0.5

Žfor most polymer]solvent systems. Here and also for the re-
.maining examples , we will take it to be equal to 0.5. The

vapor pressures of EG and methanol are listed in Table 2 as
Ž .functions of temperature. The degree of polymerization DPn

in Eq. 3 is given by

m1
DP s , 4Ž .n m0

where, m and m are the zeroth and the first moments of0 1
the chain-length distribution; m represents the number of0
moles of polymer chains, and m represents the number of1
moles of monomer units in these chains. By noting that any

Ž .polymer chain containing n monomer units has two end
Ž .groups and ny1 polymer linkages, we can write:

N q NŽ .E Eg m
m s 5aŽ .0 2

m ym s N . 5bŽ .1 0 Z

Here N is the number of moles of species i. If we substitutei
Eq. 5 into Eq. 4, after some algebraic manipulation we can
write the degree of polymerization in terms of the apparent
mole fractions as:

2 xZ
DP s1q . 6Ž .n x q xŽ .E Eg m

For this example, the real components in the reaction mix-
Žture are EG, methanol, and polymer chains DMT is consid-

.ered as a polymeric species . The volume fractions of these
species in the reaction mixture can be written as

n x̂EG EG
f s 7aŽ .EG

n x qn x qn xˆ ˆ ˆŽ .EG EG M M poly poly

n x̂M M
f s 7bŽ .M

n x qn x qn xˆ ˆ ˆŽ .EG EG M M poly poly

n x̂poly poly
f s1yf yf s ,poly EG M

n x qn x qn xˆ ˆ ˆŽ .EG EG M M poly poly

7cŽ .

where n , n , and n are the molar volumes of EG,EG M poly
Žmethanol, and polymeric species, respectively also listed in

.Table 2 , and x , x , and x are the real mole fractionsˆ ˆ ˆEG M poly
for the reaction mixture. The total moles of real species in
the mixture is given by

N q NŽ .E Eg mˆ ˆ ˆ ˆ ˆ ˆN s N q N q N s N q N q . 8Ž .T EG M poly EG M 2

ˆHere N represents the number of moles of real species i. Byi
ˆ ˆnoting that N s N , and N s N , we can rewrite theEG EG M M

previous equation as

N q NŽ .E Eg m
N̂ s N q N q . 9Ž .T EG M 2

Also,

N s N q N q N q N q N . 10Ž .T EG M E E Zg m

Using these equations, the real mole fractions can be written
as

N N rN xEG EG T EG
x s s s 11aŽ .ˆEG ˆ ˆ 1y x y x q x r2N N rN Ž .Z E ET T T g m

xM
x s 11bŽ .ˆM 1y x y x q x r2Ž .Z E Eg m

x q x r2Ž .E Eg m
x s . 11cŽ .ˆpoly 1y x y x q x r2Ž .Z E Eg m

These relationships between real and apparent mole frac-
tions complete the description of phase and reaction equilib-
ria for Example 1. It should be noted that both real and ap-
parent mole fractions add up to unity.

Step 2c: Reacti®e Phase Diagrams. To develop feasible
process flowsheets, we need to visualize the behavior of the
system at phase and reaction equilibrium. Here the reacting
system has five apparent components. Hence, it is impossible
to plot the phase diagram for this system. However, the di-
mensionality of the system can be reduced by using the trans-
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Figure 2. Residue curve map at atmospheric pressure
for Example 1.

formed mole-fraction coordinates developed by Ung and Do-
Ž .herty 1995a .

In the transformed coordinate space, all the compositions
shown on the phase diagram are those on the reaction equi-
librium surface. This reduces the number of independent
variables of the system by the number of reactions without
any loss of information. Phase diagrams plotted in the trans-
formed coordinate space are called reactive phase diagrams.
Reactive phase diagrams have been extensively used for equi-
librium analysis and synthesis of reactive separation proc-

Žesses, for example, reactive distillation Ung and Doherty,
. Ž .1995b , reactive crystallization Berry and Ng, 1997 , and ex-

Ž .tractive reaction Samant and Ng, 1998a .
Step 2c for Example 1. For our example, with E and Eg m

as reference components, the transformed mole fraction co-
ordinates are

x xE Eg mX s x q y 12aŽ .EG EG 2 2

X s x q x 12bŽ .M M Em

x xE Eg mX s1y X y X s x q q . 12cŽ .Z EG M z 2 2

The reactive phase diagram is as shown in Figure 2. The
EG]M, E ]M, and E ]Z edges are the nonreactive edges.m m
Any composition on these edges corresponds to a nonreac-
tive mixture. The EG]E ]Z edge is the reactive edge. Anyg
composition on this edge corresponds to a reactive mixture of
EG and polymer chains with hydroxyl ester end groups at
equilibrium. Any composition within the phase diagram cor-
responds to a reactive mixture at equilibrium that contains all
five components. EG and methanol are the only volatile com-
ponents. Hence the vapor composition is constrained to lie
on the EG]M nonreactive edge. The liquid composition can
lie anywhere on the phase diagram. Note that material bal-

ance equations with or without reactions can be represented
Žas straight lines on the reactive phase diagram Samant and

.Ng, 1998a .
Figure 2 also shows the residue curve map for P s1 atm.

The map shows that the system does not possess azeotropes,
reactive distillation boundaries, and tangent pinches. The
residue curves emanate from the lightest component meth-

Ž .anol stable node and end either on the Z and E verticesm
Ž .stable nodes or on some composition on the E ] Z nonre-m
active edge. The EG vertex is a saddle. The E ] Z edge rep-m
resents a nonvolatile mixture composed entirely of polymeric
species. This is the reason the residue curves seem to end on

Žall points on this edge instead of ending only on vertex Z or
.on vertex E . Interestingly, the absence of azeotropes andm

distillation boundaries can be deduced without plotting the
residue curves, as shown in the Appendix.

Step 3: Feasible process flowsheets and operating conditions
In Step 3, we analyze the phase behavior to develop feasi-

ble process flowsheets and corresponding operating condi-
tions to attain the design specifications.

Operating Conditions. The important operating conditions
that are considered are the molar ratio of monomers in the

Ž .feed feed composition , pressure, and temperature ranges,
Ž .and the average residence time or molar holdup . Feed ratio

and range of operating temperature are typically fixed on the
basis of the desired degree of polymerization. Operating
pressure is fixed by the economic desirability of being able to
condense the lightest component of the reaction mixture by

Ž .using cooling water from cooling towers Douglas, 1988 . It
should be noted that these are not the only criteria used to
determine feed ratio and pressure and temperature ranges.
The determination of these operating conditions depends
strongly on the specifications and the phase behavior of the
system under consideration.

Our analysis of phase behavior is based on the assumption
that the reacting system is at phase and reactive equilibrium.
In reality, the system can be kinetically controlled. Consider
a multiphase reactive separator with r reactions. If we write
detailed material balance equations at constant temperature
and pressure, the approach to reaction equilibrium can be
shown to be governed by dimensionless Damkohler numbers¨
ŽVenimadhavan et al., 1994; Nisoli et al., 1997; Samant and

.Ng, 1998b defined as

Da s k t is1, 2, . . . , r . 13Ž .i i

Here, k is the forward reaction rate constant of reaction i,i
and t is the residence time. Damkohler number Da mea-¨ i
sures the rate of reaction i relative to the rate of product
removal. Typically a reaction is extremely close to equilib-
rium for Da41. For our design calculations, we use Das1
to determine the lower bound on average residence time in
the reactive zone at the operating pressure and temperature.
This lower bound is estimated as

y1
t s min k . 14Ž .min iž /

is1, 2, . . . , r
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The average residence times used should be much in excess
of the lower bound. The preceding equation can be equiva-
lently used for determining lower bounds on molar holdups
in reactive zones if molar flow rates are known.

Rigorous modeling and optimization can be done once a
flowsheet has been selected for further development. The op-
erating conditions as determined earlier can be used as the
basis for modeling and optimization.

Feasible Process Flowsheets. Let us focus on the prepoly-
merization stage as enclosed in the shaded region in Figure
1. Monomers are fed to the stage in the desired molar ratio.
We want to remove the condensate as a byproduct and the
prepolymer as the main product of the stage. This can be
achieved by using one of the four basic reaction-separation

Žflowsheet configurations shown in Figure 3. In this figure and
.also in rest of the flow sheets the reactive zones are indi-

cated by the shaded regions.
Ž .A continuous stirred-tank reactor CSTR with separator

Ž .Figure 3a is the simplest configuration for a reactive sepa-
ration process. Reaction occurs in the CSTR. The conden-
sate is removed in the separator and the recovered volatile

Ž . Ž .monomer s is are recycled back to the reactor. In Figure
3b, the CSTR is replaced with a cascade of CSTRs operating
at different temperatures and pressures. The prepolymer is

Ž . Ž .removed from the last reactor and monomer s is are recy-
cled to the first reactor. A cascade of CSTRs is equivalent to

Ž .a plug-flow reactor PFR , as the number of reactors in the
cascade tends to infinity with the molar holdup within each
reactor tending to zero. Hence, we can replace the cascade of

CSTRs in Figure 3b with a PFR, as shown in Figure 3c. Tem-
perature and pressure profiles have to be maintained along

Ž .the length of the PFR. A reactive separator Figure 3d com-
bines the reaction and separation operations into one unit.
The feasibility of reactive separation depends on the phase
behavior of the system. If feasible, it reduces the number of
process equipment and can substantially reduce the separa-
tor size.

Note that the preceding four configurations are not the only
feasible configurations, but they form the building blocks for
development of other feasible configurations. More complex
configurations can be developed by changing stream destina-
tions, by adding similar process units, and by combining two
or more configurations. These modifications are made in or-
der to make the process feasible, economical, and easy to
operate in the desired range of operating conditions.

Step 3 for Example 1: Pressure. The bubble point of the
Ž .lightest component methanol at atmospheric pressure is

Ž .337.45 K 147.748F . Hence, we will operate our process at
atmospheric pressure, as methanol can easily be condensed
using cooling water.

Feed Ratio. Fresh feed to the process is a mixture of DMT
Ž .and EG, and methanol condensate and the prepolymer form

the products. We want prepolymer product with DP of aboutn
two and that does not contain any unreacted methyl ester
end groups, that is, prepolymers that lie on the EG]E ] Zg
edge of the reactive phase diagram. Depending on the ratio
of EG to DMT in the feed stream, the feed composition will

Figure 3. Basic flowsheet configurations for prepolymerization processes.
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lie somewhere on line E ]EG on the reactive phase diagramm
Ž .Figure 4a . Material balance about the box of Figure 1 indi-
cates that the feed, methanol, and prepolymer compositions
should lie on a straight line on the reactive phase diagram.
Hence, for the prepolymer composition to lie on the
EG]E ] Z edge, the feed composition should lie on lineg

ŽEG] F the portion of line E ]EG within the shaded re-m
.gion .

The EG]E ] Z edge of the reactive phase diagram repre-g
sents a three-component reactive mixture with one reaction
Ž .polycondensation II . According to the Gibbs phase rule, this

Ž . Ž . Ž . Ž .system has 3 c y1 r y2 p q2s2 f degrees of freedom.
Ž .Hence the composition and hence DP and temperature ofn

the prepolymer product is fixed for a specified pressure and
Ž .location on the EG]E ] Z edge that is, X . In other words,g Z

at the specified pressure, every location on this edge has a
temperature and degree of polymerization associated with it.

The location of the product on the EG]E ] Z edge dependsg
on the feed ratio. For example, in Figure 4a, the prepolymer
composition would correspond to point P1 for feed composi-
tion corresponding to F1 and to point P2 for feed composi-
tion corresponding to F2. Hence, we can plot the degree of
polymerization associated with a location on the EG]E ] Zg
edge against the feed ratio required to reach that location as
shown in Figure 4b. For the EG to DMT ratio of unity, the
feed composition corresponds to point F, and the prepoly-

Ž .mer composition corresponds to vertex Z DP ™` . As thisn
ratio increases, the prepolymer composition moves toward

Ž .vertex EG DP s1 . We need the EG to DMT ratio in then
fresh-feed stream to be in the range 1.23 to 2.33 for 1.5F

Ž .DP F5 Figure 4b ; and DP f2 when this ratio is 1.75. Wen n
will use this value in the rest of the discussion.

Temperature Range. At P s1 atm, we can also plot the
degree of polymerization associated with a location on the
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EG]E ] Z edge against temperature as shown in Figure 4c.g
Ž .For DP -2 shaded region , the operating temperature hasn

to be less than 510 K. Note that this upper bound does not
violate the temperature constraint.

The lower bound on temperature is the bubble point of the
lightest component at the selected operating pressure. At at-
mospheric pressure, methanol boils at 337.45 K. Hence 337.15
K]510 K forms the operating temperature range for this ex-
ample.

Feasible Process Flowsheets: CSTR with Separator. The
flowsheet and reactive phase diagram for a CSTR with sepa-
rator are shown in Figure 5a. The stream numbers on the
flowsheet correspond to the stream numbers on the phase
diagram. At atmospheric pressure, EG and methanol can be
completely separated in one distillation column. Within the
temperature range of operation, the performance of this con-
figuration at atmospheric pressure and feed ratio of 1.75 is
shown in Figure 5b. At lower temperatures, the conversion of
methyl ester end groups is unacceptably low, that is, the pre-
polymer product is far from the EG]E ] Z edge. The con-g
version increases as the temperature increases. However, this
is accompanied by a very sharp increase in the amount of EG
in the recycle stream. This increase corresponds to an in-
crease in the sizes of the CSTR and the separator and repre-
sents wasteful utilization of energy for vaporizing and con-
densing EG. Thus, operating the CSTR at higher tempera-
tures is not practical as the sizes of the CSTR and the distil-
lation column needed are unacceptably high. Hence, though
feasible, this configuration is unattractive from a practical
standpoint.

Cascade of CSTRs with Separator. The preceding problem
can be alleviated by increasing the temperature in steps by
using a cascade of CSTRs. Initially, we want to keep as much
EG in the liquid phase as possible by keeping the tempera-
ture low. As we move on, however, we also want to ensure
near complete conversion of the methyl ester end groups by
progressively increasing the temperature.

Figure 6 shows a flowsheet that uses a cascade of three
CSTRs and corresponding reactive phase diagram. Typically,
three reactors in series are sufficient to attain the desired

Žspecifications. The third reactor is operated at 510 K the
.upper bound on temperature , and the first reactor at 470 K

Ž .; the bubble point of EG at atmospheric pressure . The
middle reactor is operated at an intermediate temperature of
490 K. The conversion of methyl ester end groups for this

Ž .process for the operating conditions of Figure 6 is 99.93%,
and the ratio of EG in recycle stream to EG in fresh feed is
only 1.41. In comparison, for a single CSTR operating at 510
K giving the same conversion, the ratio of EG in recycle
stream to EG in fresh feed is 38.32.

PFR with Separator. The cascade of CSTRs can in princi-
ple be replaced with a PFR. In practice, however, it is diffi-
cult to maintain an increasing temperature profile and en-
sure vapor removal all along the length of a PFR. Hence, this
configuration is unattractive from an operability point of view.
In recent years, however, reactors with special internals that

Ž .approximate plug flow have been developed Schaeffer, 1995 .
Reacti®e Distillation Column. The flowsheet and reactive

phase diagram for a reactive distillation column are shown in
Ž .Figure 7a. DMT is nonvolatile and is fed with the catalyst

near the top of the column where it reacts with and hence

( )Figure 5. a Flowsheet and reactive phase diagram for
( )CSTR with separator: Ts510 K, Ps1 atm; b

performance of the CSTR with separator:
trade-off between conversion and EG reflux.

facilitates the separation of EG. EG is fed near the bottom
of the column. The overhead product is methanol and the
bottoms product is the prepolymer. The temperature at the

Ž .top of the column is 337.5 K bubble point of methanol and
Ž .at the bottom is 510 K upper bound on temperature . The

temperature at the feed plate where molten DMT is intro-
Žduced is higher than its melting point preferably between

.423.15 K and 448.15 K .
This operation is feasible, as the reactive mixture has no

azeotropes and distillation boundaries at atmospheric pres-
sure. The M]EG]E ] Z edges of the reactive phase diagramg

Ž .form a limiting residue curve see Figure 2 . Thus, if methanol
is removed as the top product, any composition on the
EG]E ] Z reactive edge can be removed as the bottomg
product of the prepolymerization process.

Reacti®e Distillation Column Fed Through Reboiler. In the
reactive distillation column of Figure 7a, DMT is fed near
the top of the column where the temperature is around 425
K. Hence initially the reaction takes place at temperatures

Ž .much lower than the maximum allowable 510 K . In a varia-
tion of the configuration of Figure 7a, the distillation column
can be fed through the reboiler as shown in Figure 7b. The
reactive phase diagram for this configuration is also shown in
Figure 7b. This configuration is arrived at by changing the
stream destinations in Figure 7a. The reboiler is a CSTR that
feeds the column. The overhead product is methanol and the
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Figure 6. Flowsheet and reactive phase diagram for cascade of CSTRs with separator: T s470 K, T s490 K, T s5101 2 3
K, Ps1 atm.

( )Figure 7. Flowsheet and reactive phase diagram for: a
( )reactive distillation column; b reactive distil-

lation column fed through reboiler.

prepolymer is taken out from the last plate of the column.
The temperature at the top of the column is 337.5 K, and the
temperature on the last plate is 510 K. The reboiler is also
operated at 510 K.

The advantage here is that the reaction occurs initially at
the highest possible temperature. This can potentially reduce
the column diameter and height, that is, molar holdups and
number of stages in the reactive distillation column.

Residence Time. Lower bounds on residence time are de-
termined from Eq. 14 by using the reaction-rate constants
listed in Table 1. For the CSTR cascade of Figure 6, the
average residence times for the first, second, and third reac-
tors should be greater than 51.83 min, 23.09 min, and 11.78

Žmin, respectively. Residence times or equivalently, molar
.holdups for other feasible configurations can be similarly es-

timated.

Step 4: Comparison of alternati©es
Step 4 deals with comparison of alternatives. While this

step is not considered in detail in this article, the alternatives
developed for Example 1 are assessed qualitatively in the
preceding discussion on the basis of economics and operabil-
ity. Shortcut cost models should be used for economic evalu-
ation and sensitivity analysis of feasible process flowsheets.

Summary and Comparison with Simulation of Results for Ex-
ample 1. Table 3 presents a summary of the feasible process
flowsheets developed for Example 1 and corresponding oper-
ating conditions. Literature references to some of the config-
urations are also listed. It should be noted that these configu-
rations and operating conditions were determined from the
equilibrium-phase behavior, without having to perform re-
peated simulations.

Ravindranath and Mashelkar carried out a study of the
prepolymerization process for this example using repeated
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Table 3. Summary of Results for Example 1

Feasible Process Alternati®es

Ž1. Cascade of CSTRs with separator Gupta and Kumar, 1987;
.Ravindranath and Mashelkar, 1986a

Ž .2. Reactive distillation column Bhatia, 1995; Vodonik, 1958
3. Reactive distillation column fed through reboiler

Feasible Operating Conditions and Comparison with Results
Uof Repeated Simulations

Oper. Condition Our Approach Repeated Simul.
Ž .Feed ratio EGrDMT 1.75 1.3 to 1.9

Pressure 1 atm 1 atm
Temperature range 470 K to 510 K 453.15 K to 513.15 K
Residence time t )51.83 min t s90 min1 1
Žfor a 3 CSTR t )23.09 min t s60 min2 2

.cascade t )11.78 min t s30 min3 3

Comparison with Simulation for a Cascade of Three
CSTRs with Separator

For Oper. Cond.
Specification Desired Determined Above

DP of prepolymer product 2.0 1.996n
y4x in prepolymer product 0.0 8.1138=10E m y4x in prepolymer product 0.0 1.2199=10M

Reactor temperature -573.15 K 453.15 K to 513.15 K

U Ž . Ž .Ravindranath and Mashelkar 1981, 1982a ; Gupta and Kumar 1987 .

Ž .simulations of a semibatch reactor 1981 and a cascade of
Ž . Ž .CSTRs with separator 1982a . Gupta and Kumar 1987 pre-

sented a preliminary optimization study for a semibatch
process. A summary of the optimum operating conditions de-
termined in these studies is also presented in Table 3 for the
purpose of comparison. The operating conditions determined
by our approach are in excellent agreement with those deter-
mined through repeated performance simulations. Once a
flowsheet alternative is chosen for further development, op-
erating conditions such as temperature distributions and resi-
dence times can be used as design variables for rigorous opti-
mization.

The specifications of the products obtained from a feasible
flowsheet configuration can be different from the desired
specifications due to some approximations made in the de-
sign approach. To assess the accuracy of our approach, the
cascade of CSTRs with separator was simulated with the op-
erating conditions previously determined. A comparison of
product specifications with desired specifications is also pro-
vided in Table 3. The results are in good agreement.

Additional Examples
In this section, we consider two additional examples to il-

lustrate the procedure: production of PET from TPA and EG
Ž .Example 2 , and production of nylon-6,6 from HMDA and

Ž .AA Example 3 .

Example 2: Production of PET from TPA and EG
Step 1: Specifications. The prepolymerization stage in-

volves direct esterification of TPA with EG in the presence
of a homogeneous catalyst. Again, the desired product is
BHET and its oligomers. The important difference here is
that the TPA feed is in solid phase. The specifications for
this example can be summarized as follows:

Table 4. Reaction Kinetics for Example 2

Representation of Kinetic Scheme

1. Esterification E qEG lE qWa g

2. Polycondensation I: E qE lZqWa g

3. Polycondensation II: E qE lZqEGg g

Ž .Catalyst: Antimony triacetate homogeneous and acid end groups

Ž .EG: Ethylene glycol HO]CH CH ]OH2 2
Ž .W: Water H O2

Ž .Z: Polymer linkage ]]] f ]COOCH CH OOC] f ]]]2 2
Ž .E : Acid end group ]]] f ]COOHa

Ž .E : Hydroxyl ester end group ]]] f ]COOCH CH ]OHg 2 2

Rate Expressions

x xE wg
1. Esterification: R s k 2 x x y1 1 E EGaž /K1

2 x xZ w
2. Polycondensation I: R s k x x y2 2 E Ea gž /K2

4 x xZ EG23. Polycondensation II: R s k x y3 3 E gž /K3

Kinetic Parameters
Ž . w xk 1rmin s A exp y E rRTi i i

Ž . Ž .Reaction A 1rmin E kcalrmoli i
61. Esterification 11.8352=10 17.6
62. Polycondensation I 11.8352=10 17.6
63. Polycondensation II 7.7384=10 18.5

v Input specifications
Ž .Raw materials are pure TPA s and EG.

v Output specifications
ŽDesired product is BHET and its oligomers 1.5F DPn

.F5, preferably DP f2.0 .n
Complete dissolution of solid TPA.
Complete conversion of acid end groups.

Ž .Minimum loss of volatile raw materials EG .
v Constraints

Operating temperature should not be less than 513.15 K
Ž .2408C .

Operating temperature should not exceed 573.15 K.
The reasons behind these specifications are the same as

for the previous example. Here, we also want to ensure com-
plete and early dissolution of solid TPA. This is necessary in
order to obtain near complete conversion of acid end groups
and to avoid the difficulty of handling solids in the polymer-
ization and finishing stages. The lower limit on the reaction
temperature comes about due to the fact that the reactions
do not progress appreciably for temperatures less than 2408C
Ž .Katz, 1977 .

Step 2a: Representation of Kinetic Scheme. The major reac-
tions involved can be written in terms of functional end groups
as shown in Table 4. Here again, we account for the side
reactions through the temperature constraint. The rate ex-
pressions and kinetic parameters are also listed in Table 4.
The kinetic parameters are regressed from concentration-

Žbased parameters available in the literature Gupta and Ku-
.mar, 1987 .

Step 2b: Phase and Reaction Equilibria. The equilibrium
constants for the three reactions of Table 4 can be written in
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Table 5. Thermodynamic Parameters for Example 2

Reaction Equilibrium Constants

K s2.51

K s1.252

K2
K s s0.53 K1

VLE Equations
0Py s P g f , isEG, Wi i i i

1
2g sexp 1y f q x f , isEG, Wi poly i polyž /DPn

Degree of Polymerization
2 xZ

DP s1qn Ž .x q xE Eg a

Real Species Volume Fractions
n x̂EG EG

f sEG Ž .n x qn x qn xˆ ˆ ˆEG EG W W poly poly

n x̂W W
f sW Ž .n x qn x qn xˆ ˆ ˆEG EG W W poly poly

n x̂poly poly
f s1yf yf spoly EG W Ž .n x qn x qn xˆ ˆ ˆEG EG W W poly poly

Real Mole Fractions
x xEG W

x s x sˆ ˆEG Ww Ž . x w Ž . x1y x y x q x r2 1y x y x q x r2Z E E Z E Eg a g a

wŽ . xx q x r2E Eg a
x sˆpoly w Ž . x1y x y x q x r2Z E Eg a

Vapor Pressure Correlations

3066.5
0 Ž .log P Pa s11.521yEG Ž .T K

2100
0 Ž .log P Pa s10.644yW Ž .T K

Molar Volume Correlations
3Ž . w Ž Ž . .xn cm rmol s60.6 1q0.0014 T K y413EG

3Ž . Ž Ž . .n cm rmol s19.422q0.00138 T K y413W
3Ž . w Ž Ž . xn cm rmol +191.5 1q0.0014 T K y413poly

terms of the apparent mole fractions as

x xE Wg
K s 15aŽ .1 2 x xE EGa

2 x xZ W
K s 15bŽ .2 x xE Ea g

K 4 x x2 Z EG
K s s . 15cŽ .3 2K x1 Eg

The values of these equilibrium constants are listed in Table
5.

Flory]Huggins theory is used to describe the vapor]liquid
phase equilibrium. EG and water are considered to be the
only volatile components of the reactive mixture. The VLE
relationships and thermodynamic parameters are summa-
rized in Table 5. As the system involves solid TPA, we need

to consider SLE in addition to VLE to complete our phase
Ž .equilibrium VLSE model.

Reliable models and data on SLE are not available in the
Ž .open literature. The solubility of solid TPA in EG c andEG

Ž . Žin polymer c can be correlated as Gupta and Kumar,poly
.1987 :

1,240
c mol TPArkg solution sexp 1.19y 16aŽ . Ž .EG T KŽ .

1,420
c mol TPArkg solution sexp 1.9y . 16bŽ . Ž .poly T KŽ .

Here we have used the solubility of TPA in BHET for c .poly
From the preceding equations, it is evident that TPA is more
soluble in the polymer than in EG. From these correlations,
with appropriate derivations and change of units, the appar-
ent mole fraction of acid end groups in liquid phase at satu-
ration can be written as

2 x q x q x Ýs xŽ . Ž .ˆEG W E i igsatx s , 17Ž .Ea 1yÝs xŽ .ˆi i

where

0.254c0.062 cŽ . Ž .polyEGÝs x s x q x . 18Ž .ˆ ˆ ˆi i EG poly1y0.166c 1y0.166cŽ . Ž .EG poly

Although this relation can be used to represent SLE with
sufficient accuracy and for obtaining meaningful results from
the design approach, experimental studies on the multiphase
system of EG]water]TPA]polymer are highly recom-
mended.

Step 2c: Reacti®e Phase Diagrams. For this example, with
E and E as reference components, the transformed moleg a
fraction coordinates are

x xE Eg aX s x q y 19aŽ .EG EG 2 2

X s x q x 19bŽ .W W Ea

x xE Eg aX s1y X y X s x q q . 19cŽ .Z EG W z 2 2

The reactive phase diagram is as shown in Figures 8a and 8b.
The EG]W, E ]W, and E ] Z edges are the nonreactivea a
edges. The EG]E ] Z edge is the reactive edge. EG and wa-g
ter are the only volatile components, and TPA is the only
component that can exist in the solid phase. Hence the vapor
composition is constrained to lie on the EG]W nonreactive
edge and the solid composition always corresponds to vertex
E .a

Figure 8a shows an isothermal reactive phase diagram at 3
atm and 550 K. The shaded triangular region V ] L]E rep-a
resents the three-phase region. Within this region, according
to the Gibbs phase rule, the system has zero degrees of free-
dom. Any initial composition within this region would split
into vapor, liquid, and solid phases with compositions corre-

August 1999 Vol. 45, No. 8 AIChE Journal1818



( )Figure 8. a Isothermal reactive phase diagram for Ex-
( )ample 2; b polythermal reactive phase dia-

gram for Example 2.
Ž .In part a P s 3 atm and T s 550 K. The shaded triangular

region represents the three-phase region within which solid,
Ž .liquid, and vapor phases coexist. In part b the figure shows

solubility curves for P s1, 3, and 6 atm. Temperature varies
along the solubility curves.

sponding to points V, L, and E , respectively. Outside of thisa
region, the solid phase does not exist and the system has one
degree of freedom.

Point L on Figure 8a represents the saturated liquid com-
position at 3 atm and 550 K. At a given pressure, we can plot
the locus of saturated liquid compositions to get a polyther-
mal phase diagram. Figure 8b shows the polythermal reactive
phase diagram with saturation curves for pressures of 1, 3,
and 6 atm. It can be shown using the arguments presented in

Ž . Ž .the Appendix that when TPA s that is, TPA in solid phase
has completely dissolved, the vapor]liquid reactive system
does not show any azeotropes and reactive distillation bound-
aries.

Figure 9. Maximum allowable temperature.
Ž .For feasible operation P G1.1 atm shaded area .

Step 3: Feasible Process Flowsheets and Operating Condi-
tions: Pressure and Temperature Range. The EG]E ] Z reac-g
tive edge is a common feature of the reactive phase diagrams
of Examples 1 and 2. Phase behavior on this edge is identical
for both examples. Hence as for the previous example, at at-
mospheric pressure, the maximum allowable reaction tem-

Žperature is 510 K for a degree of polymerization of 2.0 Fig-
.ure 4c . However, in this case the reaction temperature should

not be less than 513.15 K. Hence operation at atmospheric
pressure is not feasible.

ŽThe maximum allowable reaction temperature for DP sn
.2.0 increases with increasing pressure, as shown in Figure 9.

Note that the maximum allowable temperature is constrained
Ž .not to exceed 573.15 K dashed line . The operating pressure

Ž .has to be within the shaded region P )1.1 atm for the max-
imum allowable temperature to exceed 513.15 K. Depending
on the choice of the operating pressure, the reaction temper-
ature is bounded by 513.15 K and the maximum allowable
temperature at that pressure. For example, at 3 atm the tem-
perature range is 513.15 K]555.15 K, and at 6 atm it is 513.15
K]573.15 K. It should be noted that in some cases, the choice
of operating pressure and corresponding temperature range
could be further restricted by the choice of flowsheet config-
uration. The lightest product of the process is water. It can
easily be condensed at pressures greater than 1.1 atm. At
high pressures, the condenser can even be used to generate
steam.

Feed Ratio. The shape of the phase diagram for this ex-
ample is identical to that for the previous example. Hence,
the feed ratio can be chosen by using exactly the same argu-
ments as before. At all pressures, the ratio of EG to TPA in
fresh feed should be in the range 1.23 to 2.33 for 1.5F DP Fn
5. As before, for DP f2, this ratio should be 1.75. We willn
use this value in the rest of the discussion.
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Feasible Process Flowsheets: CSTR with Separator. This
configuration and its reactive phase diagram are shown in
Figure 10a. The CSTR operates at a fixed temperature and
pressure and acts as a multiphase reactive flash. The vapor,

Ž .liquid, and solid if present phases leaving the reactor are in
phase and reaction equilibrium. Complete separation of EG
and water in the distillation column is possible as the
EG]water mixture does not have any azeotropes at pressures
above atmospheric.

The shaded triangular region on the reactive phase dia-
gram corresponds to the three-phase region at the tempera-
ture and pressure of reactor operation. Our specifications re-
quire us to ensure complete dissolution of solid TPA. The
reactive phase diagram shows the limiting case in which at
the specified temperature and pressure, solid TPA has just
completely dissolved and the prepolymer product corre-
sponds to the saturated liquid composition. Overall material

Ž . Žbalance indicates that the fresh-feed stream 3 , water stream
. Ž . Ž7 , prepolymer stream 5 should lie on a straight line shown

.as dashed line . Hence, in the limiting case, fresh-feed com-
position should correspond to point 3. For feed ratios lower

Ž .than that for point 3, fresh-feed composition point 3 would
Žmove toward the E vertex, and the feed to the reactor pointa

.4 would move into the triangular three-phase region. Hence,
the prepolymer product would contain undissolved TPA. At
the given temperature and pressure of operation, the feed
ratio corresponding to point 3 is referred to as the critical
feed ratio. At the given temperature and pressure, operation
of this flow sheet is not feasible below the critical feed ratio.

We have chosen the feed ratio for the process to be 1.75.
For the operation to be feasible at this feed ratio, the tem-
perature and pressure of operation should be such that the
critical feed ratio at selected temperature and pressure is less
than 1.75. Figure 10b shows the minimum allowable tempera-
ture for which the critical feed ratio is 1.75 at the given pres-

Ž .sure for P )1.1 atm . The minimum allowable temperature
forms the lower bound on the feasible reaction temperature;

Ž .the upper bound given by Figure 9 is also shown in Figure
Ž .10b. At low pressures near 1.1 atm , the range of the feasi-

ble temperature is very narrow. Hence, a pressure of 5 atm
for which the operating temperature range is sufficiently

Ž .broad 533.45 K]573.15 K is chosen.
For this configuration, the conversion is low at lower tem-

peratures, and the amount of EG in the recycle stream is
very high at higher temperatures. Hence, while it provides a
good starting point to understand the system, it is not very
useful from a practical standpoint.

Cascade of CSTRs with Separator. Here again, the preced-
ing problem can be solved by using a cascade of CSTRs with
a stepwise increase in operating temperature. Figure 11 shows
a flowsheet and reactive phase diagram for this configura-
tion. Complete dissolution of TPA in the first reactor is en-
sured by using the pressure and temperature ranges deter-
mined earlier.

Typically, three reactors in series, as shown in Figure 11,
are adequate. The first reactor is operated at the lowest al-
lowable temperature 535.4 K, the last reactor is operated at
the highest possible temperature 573.15 K, and the middle
reactor is operated at an intermediate temperature of 554.28
K. This cascade of reactors gives the same conversion as a
single CSTR operating at 573.15 K, but the ratio of EG in

( )Figure 10. a Flowsheet and reactive phase diagram for
( )CSTR with separator; b temperature range

for feasible operation.
Ž .In part a the reactive phase diagram depicts the limiting

Ž .case at which TPA s has just completely dissolved in the
liquid phase at the given T and P . Minimum allowable

Ž .temperature shown in part b ensures complete dissolu-
Ž .tion of TPA s and maximum allowable temperature en-

sures DP F 2.0.n

the recycle stream to the EG in the fresh feed is only 3.19, a
significant reduction from 10.2.

As pointed out before, the cascade of CSTRs is equivalent
to a PFR. However, the cascade is not replaced by a PFR for
this example, as maintaining an increasing temperature pro-
file and vapor removal along the entire length of the PFR,

Ž .and handling TPA s without settling, fouling, and so on, is
extremely difficult.

Flowsheet Configurations In®ol®ing Reacti®e Distillation: Re-
acti®e Distillation Column Fed Through Reboiler. Top prod-
uct compositions on the EG]W edge and bottoms composi-
tions anywhere on the reactive phase diagram can be ob-
tained using a reactive distillation column, as the reacting
system does not show any azeotropes and reactive distillation

Ž .boundaries see the Appendix . However, the TPA feed to
the process is in solid state. We wish to avoid handling solids
in a distillation column to prevent fouling and related opera-

Ž .tional difficulties. Hence, TPA s cannot be fed to the distil-
lation column unless it is completely dissolved in the reaction
mixture. In addition, T and P on each tray of the column
should not allow precipitation of TPA. We can try to dissolve

Ž .TPA s into the reaction mixture before it is fed to the col-
umn by using a CSTR before the column, as shown in Figure
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Figure 11. Flowsheet and reactive phase diagram for cascade of CSTRs with separator: T, = 535.4 K, T2 = 554.28 K, 
T3 = 573.15 K, P = 5 atm. 

12a. This reactor acts as the reboiler for the distillation col- 
umn, and the resulting configuration is a modification of the 
reactive distillation configuration of Figure 3d. TPA(s) and 
EG are fed to the reboiler. The liquid and vapor streams 
from the reboiler form the feed to the distillation column. 
Water (condensate) is removed from the top and the prepoly- 
mer product is removed from the bottom tray. 

Figure 12a also shows the reactive phase diagram for this 
process. For feasible operation, the liquid stream from the 
reboiler (stream 4) should not contain any undissolved TPA. 
The reactive phase diagram depicts the limiting case in which 
at specified T and P,  TPA(s) has just completely dissolved 
and stream 4 corresponds to the saturated liquid composi- 
tion. For this limiting case, the feed ratio corresponds to point 
3 (critical feed ratio). At the specified T and P ,  complete 
dissolution of TPA is not possible for feed ratios less than 
this critical value. Figure 12b shows the critical feed ratio as 
a function of temperature for pressures of 1.1, 2.1, 5 and 6 
atm. We have chosen the feed ratio for the process to be 
1.75. The critical feed ratio is always higher than 1.75 in this 
P and T range. Hence, for an EG to TPA(s) ratio of 1.75 in 
the feed, TPA will never dissolve completely in the reboiler 
at any given T and P,  and the configuration is infeasible. We 
must make some modifications to this configuration in order 
to use the reactive distillation column. 

The 
following modifications involve changing the stream destina- 
tions in the configuration of Figure 12a to make it feasible in 
the desired range of operating temperature and pressure. 

If we 
compare the flowsheets and phase diagrams of Figures 10a 
and 12a, we can see that the CSTR in Figure 10a has a recy- 
cle stream (stream 8) that provides the additional EG to com- 
pletely dissolve TPA(s). Hence, we can make the process in 
Figure 12a feasible if we can provide the reboiler with a recy- 
cle stream that can ensure complete dissolution of TPA(s). 

Reactive Distillation Columns with Recycle Streams. 

Reactive Distillation Column with Product Recycle. 

AIChE Journal August 1999 

Figure 12. (a) Flowsheet and reactive phase diagram for 
reactive distillation column fed through re- 
boiler; (b) critical feed ratios at P = 1 . l ,  2.1, 
5 and 6 atm. 
In part (a) the reactive phase diagram depicts the limiting 
case at which TPA(s) has just completely dissolved in the 
reboiler at the specified T and P .  As shown in part (b), 
operation at  EG to TPA feed ratio of 1.75 is infeasible at 
all pressures. 
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The simplest modification that can be done is to recycle a 
part of the prepolymer product. The flowsheet and corre- 
sponding reactive phase diagram are shown in Figure 13a. 
The recyle stream brings the feed out of the three-phase re- 
gion (shaded triangular region) at the expense of increased 
reboiler size and duty. The column and the reboiler both op- 
erate at 5 atm. The reboiler is operated at the maximum al- 
lowable temperature of 573.15 K. The temperature at the top 
of the column is 425.15 K (bubble point of condensate at 5 
atm), and the prepolymer product is removed from the last 
tray at 573.15 K. The temperature below the tray at which 
the liquid stream (stream 5 )  is fed is greater than 535.4 K 
(minimum allowable temperature). 

It should be noted that a similar recycle stream could also 
be included in flowsheets of Figures 10a (CSTR) and 11 
(cascade of CSTRs). In these cases, the recycle stream does 
not change the operating temperature range shown in Figure 
lob. However, it reduces the amount of EG in the recycle 
stream, thereby reducing the separation cost at the expense 
of increased reactor and recycle cost. 

Reactive Distillation Column Fed Through Intermediate Re- 
boiler. EG recycle can also be provided by using an interme- 
diate reboiler to feed the reactive distillation column, as 
shown in Figure 13b. EG and TF'A(s) (feed ratio of 1.75) are 
fed to the intermediate reboiler. The vapor and liquid streams 
leaving the reboiler form the feed streams to the reactive sec- 

Figure 13. Flowsheet and reactive phase diagram for: 
(a) reactive distillation column with product 
recycle; (b) reactive distillation column fed 
through intermediate reboiler. 

tion (shaded portion) of the reactive distillation column. The 
reactions take place in this zone, which also aids in separat- 
ing EG from water. The nonreactive section of the column 
does not contain any polymeric species and essentially per- 
forms the task of separating EG from water. The liquid stream 
from the last tray of the nonreactive section, which is essen- 
tially EG, is sent to the the intermediate reboiler. This stream 
provides the additional EG necessary to ensure complete dis- 
solution of TPA(s) in the reboiler (as can be seen from the 
reactive phase diagram in Figure 13b). The vapor stream 
leaving the top of the reactive section (shown by an unnamed 
arrow) forms the feed to the nonreactive section. The pre- 
polymer product is taken out from the bottom tray of the 
reactive section and the condensate is removed from the top 
of the nonreactive section. 

The process is operated at 5-atm pressure. The reboiler is 
operated at 573.15 K. The prepolymer is removed at the same 
temperature. The temperature at the top of the nonreactive 
section is 425.15 K, while the temperature at the boundary 
between the reactive and nonreactive section is 535.4 K. Ex- 
change of heat between streams 4 and 6 can be done for heat 
integration. 

Reactive Distillation Columns with Distributed Addition of 
TPA(s). These configurations are arrived at by adding addi- 
tional units or combining configurations. Complete dissolu- 
tion of TPA(s) at operating T and P is ensured by using the 
distributed addition of TPA(s). Figure 14a shows a flow sheet 
comprising a reactive distillation column with two reboilers. 
The process is operated at 5 atm. Both the reboilers are op- 
erated at 573.15 K. The reactive distillation column is fed 
through the first reboiler. Only a part of the TPA(s) is fed to 
this reboiler along with EG so that the feed ratio is greater 
than the critical value of 2.38. The vapor and liquid streams 
form the feed to the reactive distillation column. The second 
reboiler acts as a conventional reboiler for the column. The 
remaining part of the TPA feed is added to the bottoms 
product of the reactive distillation column before sending it 
to this reboiler. The liquid stream from this reboiler is the 
prepolymer product, and the vapor stream is sent back to the 
column. The condensate is removed at the top at a tempera- 
ture of 425.15 K. 

Figure 14b shows a flow sheet comprising two reactive dis- 
tillation columns fed through two reboilers. The process is 
operated at 5 atm pressure with both reboilers operating at 
573.15 K. The feed to the first reboiler is the EG and TPA(s) 
in a ratio of 3:l. The vapor and liquid streams from this re- 
boiler form the feeds to the first column. The liquid product 
from the bottom tray of the first column is mixed with the 
remaining TPA(s) to form the feed to the second reboiler, 
which feeds the second column. The prepolymer product is 
taken out from the bottom tray of the second column at 573.15 
K. The condensate is removed from the top of both columns 
at 425.15 K. The phase diagram for this configuration is shown 
in Figure 14c. It can be seen clearly that incomplete dissolu- 
tion is avoided by distributing TF'A(s) over two reboilers 
(streams 3 and 9 lie outside the shaded three-phase region). 
This configuration may be unattractive, as it uses two reac- 
tors and two columns, although significantly smaller columns 
are required for reactive distillation. 

For the CSTR cascade of Figure 11, the 
average residence times for the first, second, and third reac- 

Residence Time. 
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Figure 14. (a) Reactive distillation column with 
two reboilers; (b) two reactive dlstilla- 
tion columns fed through rebollers; (c) 
reactive phase diagram for the two re- 
active distillation columns fed through 
reboilers. 
In part (a) reboiler R1 feeds the column and re- 
boiler R2 acts as a conventional reboiler. TPA(s) 
feed is distributed over the two reboilers. 

tors should be much greater than 4.61 min, 2.55 min, and 
1.47 min, respectively. In estimating these lower bounds, dis- 
solution of TPA(s) is not considered as a rate-limiting factor, 
as it is found to be instantaneous over a range of particle 
sizes (Kemkes, 1969). 

Table 6 pre- 
sents a summary of the feasible process alternatives devel- 
oped for this example and the corresponding operating 
conditions. Literature references to some of the configura- 
tions are also listed. The table also presents a comparison of 
operating conditions determined by using repeated simula- 
tions of a cascade of CSTRs with separator (Ravindranath 
and Mashelkar, 1982~) and our design approach. The operat- 
ing conditions determined by our approach are in good 
agreement with those determined through simulations. How- 
ever, it should be noted that we could develop these operat- 
ing conditions only on the basis of equilibrium phase behav- 
ior without performing extensive simulations. In addition, the 
design approach also led us to many other feasible flow- 
sheets. To assess the accuracy of the design approach, a com- 
parison with simulations is also presented in Table 6 for a 
cascade of CSTRs with separator operating at the conditions 
developed earlier. 

Summary and Comparison with Simulation. 

Example 3: production of Nylon-6,6 
Nylon-6,6 is produced from HMDA and AA monomers. 

Like PET, nylon-6,6 production uses all three stages of poly- 
condensation shown in Figure 1. However, the prepolymer- 
ization stage for Nylon-6,6 is not as widely studied as the 
polymerization (Kumar et al., 1981, 19821, and the finishing 
stages (Choi and Lee, 1996; Guidici et al., 1997; Steppan, 
1989). 

Nylon-6,6 can be prepared starting 
directly from molten monomers or starting from nylon salt 
(hexamethylene diammonium adipate) that is prepared from 
the monomers. Nylon salt is easier to transport and store than 
the monomers. However, direct use of molten monomers is 
preferred, as most production plants manufacture the 
monomers at the same site. In this example, we will consider 
the molten monomers, HMDA and AA, as starting raw mate- 
rials. The specifications for this example are: 

Step 1: Specifications. 

Input specifications 

Output specifications 

should not exceed 3 to 5. 

Raw materials are molten HMDA and AA. 

Relative viscosity (defined below) of prepolymer product 
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Table 6. Summary of Results for Example 2 

Feasible Process Alternatives 
1. Cascade of CSTRs with separator (Gupta and Kumar, 1987; 

2. Reactive distillation column with product recycle 
3. Reactive distillation column fed through intermediate reboiler 
4. Reactive distillation column(s) with distributed addition of TPA(s) 

Feasible Operating Conditions and Comparison with Results 
of Repeated Simulations* 

Ravindranath and Mashelkar, 1986a) 

Oper. Condition Our Approach Repeated Simul. 
Feed ratio (EG/DMT) 1.75 1.3 to 1.9 
Pressure P 2 1.1 atm 3 to 6 atm 

Temperature range 535.4 to 573.15 K 513.15 to 553.15 K 

Residence time T~ > 4.61 min T~ = 90 min 
(for a 3 CSTR T, = 60 min 
cascade) T~ > 1.47 min r3 = 30 min 

Comparison with Simulation for a Cascade of Three 
C S T h  with Separator 

( P  = 5 atm is used) 

(for P = 5 atm) 

7, > 2.55 min 

For Oper. Cond. 
Specification Desired Determined Above 

DP, of prepolymer product 2.0 1.9638 
xEa in prepolymer product 0.0 8.553 X 
xw in prepolymer product 0.0 1.093 X lo-’ 
Undissolved TPA in None None 

Reactor temperature < 573.15 K 535.4 K to 573.15 K 
prepolymer product 

(for P = 5 atm) 

*Ravindranath and Mashelkar (1982~).  

Negligible loss of volatile monomer (HMDA). 
Complete conversion of HMDA. 
The ratio of mole fractions of acid end groups and amine 

end groups should be close to unity. 
Constraints 
Maximum operating temperature should be in the range 

of 543.15 K to 573.15 K. 
The relative viscosity of the polymer is typically used as a 

measure of degree of polymerization. It is defined as the ra- 
tio of viscosity (in centipoise) at 298.15 K of 8.4% by weight 
solution of the nylon polymer in 90% formic acid (90% by 
weight formic acid, 10% by weight water) to the viscosity (in 
centipoise) at 298.15 K of 90% formic acid alone (Jaswal and 
Pugi, 1975). The relative viscosity can be related to the de- 
gree of polymerization as 

log(?) = 1.410g(l13DP,,)-4.2021. 

This equation is derived from the information obtained from 
Jacobs and Zimmerman (1977) on relative viscosities of nylon 
polymers of different average molecular weights. From this 
equation the viscosity limit translates to a degree of polymer- 
ization of 19.46 to 28.03. Hence, DP,, of the prepolymer 
product should be less than 25. The loss of valuable volatile 
monomer HMDA should be negligible to prevent disruption 
of end-group stoichiometry and to eliminate the environmen- 
tal pollution problems occasioned by the release of HMDA 
to the atmosphere. In addition, it is necessary to ensure al- 
most complete conversion of HMDA to make sure that the 
loss of HMDA in subsequent polymerization and finishing 

Table 7. Reaction Kinetics for Example 3 

Representation of Kinetic Scheme 
1. E,+HMDAc*E,+W 
2. E,+E,-Z+W 
HMDA Hexamethylene diamine (H,N-(CH,), -NH,) 
W: Water (H,O) 
Z Polymer linkage (---CONH---) 
E,: Carboxylic acid end group (---COOHI 
En: Amine end group (---CONH-(CH,),-NH,) 
(N.B.: Both reactions represent the same chain buildup mechanism. 
However, HMDA is treated as separate from amine end groups, as 
it is volatile and has to be incorporated in the phase equilibrium 
model). 

Rate Expressions 

K 

Kinetic Parameters* 

k,(l/h) = exp(235 - 0.45 tanh[25(xw - 0.55)l) 
+8.58(tanh[50(xw -0.10)l- 1}(1-30.05xEa) 
E = 21,400 cal/mol 

*Steppan (1989). 

~ 

1824 August 1999 Vol. 45, No. 8 AIChE Journal 

stages is minimal. The reason we want to maintain the ratio 
of mole fractions of acid and amine end groups close to unity 
will become clear when we consider the kinetic scheme. The 
temperature constraint is imposed to limit various thermal 
degradation reactions that take place at elevated tempera- 
tures (Steppan, 1989). 

Step 2a: Representation of Kinetic Scheme. The major reac- 
tions involved can be written in terms of functional end 
groups, as shown in Table 7. The rate expressions and kinetic 
parameters are also listed in Table 7. The expressions for 
rate constants were developed by Steppan (1989) by correlat- 
ing experimental data from several investigators. The rate 
constants are found to be functions of temperature and mole 
fractions of water and acid end groups. It can be seen from 
Table 7 that the chain buildup in both reactions takes place 
through the same mechanism. This is in contrast to the previ- 
ous examples, where we had two chain buildup mechanisms. 
Both reactions involve an acid end group and an amine end 
group (either on HMDA as in reaction 1 or on a polymer 
chain as in reaction 2). Hence, the prepolymer product needs 
to have the acid and amine end groups in a 1:l stoichiometric 
ratio to ensure further chain buildup to an appreciable DP,, 
in the polymerization and finishing stages. This is the reason 
we wanted to maintain the ratio of mole fractions of acid and 
amine end groups close to unity. 

In addition to the reactions just cited, many possible degra- 
dation reactions are postulated in the literature. We do not 
include these in our analysis, however, as sufficient informa- 
tion on their mechanisms and kinetic parameters is not avail- 
able. To limit the production of side products, we limit the 
operating temperature to 543.15 K to 573.15 K as suggested 
by Steppan (1989). 



Table 8. Thermodynamic Parameters for Example 3 

Reaction Equilibrium Constant* 

. -  

KO = exp ( [ 1 -0.47enp( $) ] (8.45 - 4 . 2 ~ ~  )) 

AH(cal/mol) = 7,650 tanh[6.5(xw - 0.52)] + 6,500exp - ( 0.0: 1 -800 
VL.E Equations 

pvi = ~ : y ~ 4 ~ ,  i = HMDA, w 
3: =exp[ ( 1 -  ~ ) 4 p o l y  + xi4;oly , i =  H m A ,  w 1 

Degree of Polymerization 

Real Species Volume Fractions 
V H M D A ~ H M D A  

( ~ H M D A ~ H M D A  + vwfw + ~ p o i y f p o i y )  
Q H M D A =  

Vwfw 

( ~ H M D A ~ H M D A  + vwiw + ~ ~ ~ i ~ f ~ ~ i ~ )  
b w  = 

V p , y ~ p o l y  

( V H M D A ~ H M D A  + vwfw + ~poiyfpoiy) 
bpoiy ~ H M D A -  b w  = 

Real Mole Fractions 

3,054.7 
log P:,,, (Pa) = 11.7206- - 

T(K) 
2,100 

log P& (Pa) = 10.664 - - 
T(K) 

Molar Volume Correlations 

vHMDA(cm3/mol) = 136.70 + 0.00138 (T(K) - 413) 
vw(cm3/mol) = 19.422 + 0.00138 (T(K) - 413) 
vp,,,(cm3/mol) = 136.70+ 0.00138 (T(K)-413) 

*Steppan (1989) 

Step 26: Phase and Reaction Equilibria. The correlations 
by Steppan (1989) for the equilibrium constant are listed in 
Table 8. The equilibrium constant is found to be a function 
of temperature and the mole fraction of water in the reaction 
mixture. 

For the reactive system comprising HMDA, AA, water, and 
polymer, very limited information on thermodynamic behav- 
ior is available. Here, we use Flory-Huggins theory to de- 
scribe the vapor-liquid phase equilibrium, as was done for 
the previous examples. HMDA and water are considered to 
be the only volatile components of the reaction mixture. The 
VLE relationships and thermodynamic parameters are also 
summarized in Table 8. Experimental studies on the reactive 
system are highly recommended, and experimental data, if 
available, can be substituted for our VLE model. 

Step 2c: Reactive Phase Diagrams. The reactive system 
comprises five apparent components and two reactions. 
Hence, we have three transformed mole fractions, of which 
two are independent. With En and E, as reference compo- 
nents, the transformed mole fraction coordinates are 

xE xE 
XHMDA = XHMD* + - 2 

2 2  

X,=l- 
L L 

The shape of the reactive phase diagram in terms of the 
independent transformed coordinates X, and XHMDA is as 
shown in Figure 15. The HMDA-W, E,-W, and E,-Z edges 
are the nonreactive edges, and the HMDA-En-Z edge is 
the reactive edge. Any composition within the phase diagram 
corresponds to an equilibrium mixture of all five apparent 
components. The vapor composition is constrained to lie on 
the HMDA-W nonreactive edge, while liquid composition 
can lie anywhere on the phase diagram. The binary system of 
HMDA and water is decidedly nonideal, but does not possess 
any azeotropes. Hence using the arguments presented in the 
Appendix, we expect the reactive systems to be free of 
azeotropes and reactive distillation boundaries. 

Step 3: Feasible Process Flowsheets and Operating Condi- 
tions: Feed Ratio. As noted earlier, unlike the previous two 
examples, this example possesses only one chain buildup 
mechanism that involves acid and amine end groups. The acid 
end groups in the feed are in the form of AA and the amine 
end groups are in the form of HMDA. AA is not considered 
volatile and hence acid end groups are not lost through the 
process. Also, if all HMDA fed to the process is converted 
and none is lost through the process, then it should appear in 

HMDA (0,l) 

Ea (0.5,-0.5) 

x, 
Figure 15. Shape of the reactive phase diagram for Ex- 

ample 3. 
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the prepolymer product as amine end groups on polymer 
chains. Thus for a 1:l ratio of acid and amine end groups in 
the final product, this ratio should be 1:l in the feed to the 
process. Hence, we will use an HMDA to AA ratio of unity 
in the feed, and ensure maximum conversion and minimum 
loss of HMDA through proper choice of other operating con- 
ditions. 

The overhead product for 
this example is water. Hence, it can easily be condensed at or 
above atmospheric pressure. As for the previous example, 
however, in this case the pressure range is governed by the 
desire to obtain reasonable reaction rates, as demonstrated 
below. 

For the HMDA to AA ratio of unity, the feed composition 
corresponds to point F on the reactive phase diagram of Fig- 
ure 15. The overall material balance on the prepolymer stage 
indicates that the feed, prepolymer product, and condensate 
(water) should lie on a straight line. Thus, depending on the 
temperature and pressure of operation, the prepolymer com- 
position would lie on the F - Z  portion of line W-Z. Every 
point on F-Z has 5(c)-2(r)-2(p>+2-2(XZ and X,,,, 
are specified) = l ( f )  degree of freedom. Hence, at the given 
pressure, every point on F - Z  has a unique temperature as- 
sociated with it. Figure 16a shows the temperature (corre- 
sponding to point F )  and the lower bound on the average 
reactor residence time as a function of pressure. The lower 
bound on average residence time is estimated as 

Pressure and Temperature Range. 

1 
7 .  = -  

m'n k ' 

where the fonvard reaction rate constant is calculated using 
the correlations of Table 7. The reactor residence time should 
be much greater than the lower bound for the system to be at 
reaction equilibrium and for our design results to be accu- 
rate. For a reasonable lower bound on the residence time 
(T , , ,~~  5 30 min), the pressure has to be greater than 8 atm 
(shaded area on Figure 16a). P = 16 atm for which T~~~ = 6 
min is chosen. 

Figure 16b shows the temperature and degree of polymer- 
ization at different points on F - Z  at P = 16 atm. For DP,, I 
25, the operating temperature should be greater than 474.65 
K (shaded area). The temperature corresponding to point F 
(475.35 K) provides the upper bound on the temperature 
range at 16 atm. This range is very narrow. Thus we can use 
T = 475.15 K, for which DP,, = 15. Note that this operating 
temperature does not violate the temperature constraint. 

For operation at 16 atm and 475.15 K, 
the average residence time should be much greater than 6 
min. 

Feasible Process Flowsheets: CSTR with Separator. The 
flowsheet for this configuration is shown in Figure 17a. The 
reactor is operated at 16 atm and 475.15 K. HMDA is sepa- 
rated from water in the vapor stream in the separator and 
recycled back to the reactor. It is not necessary to use a cas- 
cade of CSTRs for this process, as product specifications can 
be easily attained using one CSTR. 

As before, the number of 
stages required for separation of HMDA and water can be 
significantly reduced by making HMDA react with AA in the 

Residence Time. 

Reactive Distillation Column. 

Figure 16. (a) Temperature and lower bound on resi- 
dence time as functions of operating pres- 
sure; (b) temperature and degree of poly- 
merization as functions of prepolymer prod- 
uct composition at 16 atm. 

distillation column. Such a reactive distillation column is 
shown in Figure 17b. HMDA is added near the bottom of the 
column and AA is fed near the top. AA reacts with HMDA 
as it travels down the column, thus aiding its separation from 
water. The column is operated at 16 atm. The temperature at 
the bottom of the column is 475.15 K, and at the top it is 
around 465 K. 

In the 
reactive distillation column shown in Figure 17b, reaction oc- 
curs near the top of the column at temperatures lower than 
475.15 K. This can be rectified by feeding the reactor through 
a reboiler as discussed for Example 1. The flow sheet and 
reactive phase diagram for such a configuration is shown in 
Figure 17c. The reboiler operates at 16 atm and 475.15 K. 
The vapor stream from the reboiler is fed near the bottom of 
the reactive distillation column and the liquid stream is fed 

Reactive Distillation Column Fed Through Reboiler. 
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Figure 17. (a) CSTR with separator for Example 3; (b) reactive distillation column for Example 3; (c) flow sheet and 
reactive phase diagram for reactive distillation column fed through reboiler; (d) combination of configura- 
tions of Figures 17b and 17c. 

near the top. The prepolymer product is removed from the 
bottom tray of the column. 

Figure 17d shows a combination of configurations of Fig- 
ures 17b and 17c. In this configuration the reboiler, which 
operates at 18 atm and 475.15 K, is fed with HMDA and a 
part of AA. The reboiler supplies the vapor feed to the distil- 
lation column, and the liquid feed is provided by the remain- 
ing AA. The product is removed from the reboiler instead of 
the last tray of the column. A summary of results for this 
example and comparison of operating conditions with litera- 
ture values is presented in Table 9. 

Conclusions 
In the prepolymerization stage of a polycondensation proc- 

ess, a short-chain prepolymer suitable for further reaction in 
thc polymerization and finishing stages is prepared. Its main 
function is to ensure that operational limitations due to stoi- 
chiometry, thermodynamics, and so on, do not propagate onto 
the subsequent stages. Proper design of the prepolymeriza- 
tion stage is critical for the successful operation of the entire 
polycondensation process. 

Earlier approachcs have all been based on design through 
performance simulations. While simulations allow tuning of 
the design variables (operating conditions) for a specified flow 
sheet, to meet the desired design specifications, they provide 

Table 9. Summary of Results for Example 3 

Feasible Process Altematioes 
1. CSTR with separator (Jaswal and Pugi, 1975) 
2. Reactive distillation column 
3. Reactive distillation column fed through reboiler 
4. Combination of 2 and 3 (Sauerhrunn, 1983) 

Feasible Operating Conditions and Comparison 
with Literature Values* 

Oper. Condition Our Approach Jaswal and Pugi 
Feed ratio (HMDA/AA) 1 .o 1 .o 
Pressure P 2 8 atm 10 to 24 atm 

Temperature range 475.15 K 488.15 K to 518.15 K 

Avg. residence time 

( p  = 16 atm is used) 

(for P = 16 atm) 
> 6 min 40 min to 200 min 

Vaswal  and  Pugi (1975) 
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little insight for generating alternative flowsheet configura- 
tions. To fill this gap, a design method based on an analysis 
of equilibrium-phase behavior of reactive systems has been 
developed. 

Models in terms of real and apparent mole fractions are 
used t o  describe phase and reaction equilibria in polyconden- 
sation systems. Transformed mole fractions are used to  visu- 
alize the reactive phase diagrams from which insights are ob- 
tained for developing feasible process alternatives and oper- 
ating conditions. The procedure is illustrated with three ex- 
amples, each with its unique features. The operating condi- 
tions obtained from the analysis of reactive phase behavior 
are in excellent agreement with those obtained from simula- 
tions and those used in industrial practice. In addition, many 
flowsheet alternatives that can meet the  desired process spec- 
ifications are identified. The procedure is sufficiently gen- 
eral, and with proper considerations can easily b e  applied to 
other  polycondensation systems. Efforts are underway t o  ex- 
tend our method to the finishing stage of the polycondensa- 
tion process, which unlike the prepolymerization stage is 
severely limited by mass transfer. 
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Notation 
A ,  = frequency factor of the forward reaction rate of reaction i, 

E, = activation energy of the forward reaction rate of reaction i, 

K ,  = thermodynamic equilibrium constant of reaction i 
I V ~  = total number of moles of apparent components 
NT = total number of moles of real components 

P,” = vapor pressure of volatile component i, atm 

l/min 

kcal/mol 

P= pressure, atm 

R = universal gas constant, R = 1.987 cal,4molXK) 
T =  temperature, K 

x ,  = mole fraction of apparent component i in liquid phase 
y, = mole fraction of volatile component i in vapor phase 
Z = polymer linkage 
4, = volume fraction of real component i in liquid phase 
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Appendix: Reactive Azeotropes, Residue Curve 
Maps, and Distillation Boundaries for 
Polycondensation Systems 

The necessary and sufficient condition for azeotropy in a 
vapor-liquid multicomponent reactive system is given by (Ung 
and Doherty, 1995~) 

X i = Y , ,  i = 1 , 2  ,..., c - r - 1 ,  ('41) 

where X I  and Y, are transformed mole fractions of compo- 
nent i in liquid and vapor phase, respectively. 

Let us consider the system of Example 1 in more detail. 
The system comprises five apparent components, viz., EG, 
M, Z, Em,  and E,, of which only EG and M are volatile. The 
polymeric components Z,  Em, and E, are nonvolatile and 
can exist only in the liquid phase. Hence the vapor phase is 
constrained to lie on the EG-M edge of the reactive phase 
diagram (see Figure 21, that is, 

= 0,  V T ,  P ,  i = Z,E,,E, 

In the context of Eq. A2, the only region of the reactive 
phase diagram where Eq. A1 can possibly be satisfied is the 
EG-M edge. As this edge represents a nonreactive binary 
mixture of EG and methanol, it can easily be shown that the 
condition of Eq. A1 translates to the condition of azeotropy 
for the binary EG-M mixture (Eq. A3): 

i = E G ,  M 
i=Z ,E , ,E ,  

Thus the only azeotrope the reactive system can possess is 
a binary azeotrope between EG and methanol. The EG-M 
mixture is decidedly nonideal, but does not possess any 
azeotrope. Hence we expect the reactive system to be free of 
azeotropes. The absence of azeotropes also suggests that 
there are no reactive distillation boundaries. This is indeed 
confirmed by the residue curve map (for P = 1 atm) shown in 
Figure 2. 

Using the same arguments, we can show that the only 
azeotropes the systems of Examples 2 and 3 can possess are 
the nonreactive binary azeotropes between EG and water, 
and HMDA and water, respectively. As the EG-W, and 
HMDA-W mixtures do not possess a binary azeotrope, the 
reactive systems of Examples 2 and 3 are also free from 
azeotropes and distillation boundaries. These observations 
also have been verified, but not shown here for the sake of 
brevity. 

Note that this analysis is valid only for a vapor-liquid sys- 
tem. It can still be used for Example 2, however, as we use a 
reactive distillation column only when the solid phase has 
completely disappeared. Also note that the assumption of 
polymeric species being nonvolatile is sufficiently accurate 
over the range of temperatures and pressures typically used. 
Any component that is sufficiently volatile has to be consid- 
ered as a separate component in the VLE model, the kinetic 
scheme, and rate expressions. 
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